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Abstract 
The new mixed-salt technology combines the well-known ammonia and potassium carbonate technologies with 
improved reaction kinetics and reduced emissions. This technology is capable of capturing CO2 at high cyclic 
loadings compared to amine-based processes. In addition, mixed-salt technology can strip CO2 at high pressure, 
reducing the CO2 compression costs, requires no solvent chilling as in aqueous ammonia based processes, and has a 
low reboiler duty for regeneration (< 1000 Btu/lb.). Mixed-salt technology provides unique opportunities for better 
energy management to reduce the burden on the power plant steam cycle and is suitable for capturing CO2 from 
post-combustion, pre-combustion and other industrial gas streams. The mixed-salt technology has already been 
tested successfully in two small bench-level systems and is currently being tested at a large bench-scale pilot level 
with the funding from the U.S. Department of Energy (DOE). The technology can easily be scaled up with use of 
conventional process equipment and can be demonstrated in full scale sooner than second-generation technologies 
that are currently in development.  
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1. Introduction 
Carbon capture utilization and sequestration is the logical and cost-effective approach to enable the continued use 
of coal and reduce the greenhouse gas (GHG) emissions into the atmosphere. The captured CO2 can also be 
harnessed to help facilitate the U.S.’s long-term goal of becoming independent of foreign fuel sources as it is 
estimated that the use of CO2 for enhanced oil recovery could potentially produce an additional 67 billion barrels of 
oil from economically recoverable sources [1]. To realize this, cost-effective supplies of CO2 are needed, which can 
be provided by low-cost CO2 capture technology. 
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Nomenclature 
acfm  actual cubic feet per minute 
GHG greenhouse gas  
FGD flue gas desulfurization 
MEA mono ethanol amine 
m molal concentration unit (moles of salt in 1 kg of water) 
M molar concentration unit (moles of salt in 1 litre of water) 
L carbon dioxide loading given as ratio mole of CO2 per mole of solvent  
scfm standard cubic feet per minute 
1.1. Current state of the art 
A widely known chemical sorbent for CO2 capture is mono ethanol amine (MEA). The CO2 capture process using 
MEA as chemical absorbent has been described extensively in literature, see for instance [2-6]. Its use has long been 
limited to treatment of natural-gas-derived flue gases. However, its energy usage for CO2 stripping and solvent 
regeneration currently makes it impractical for full-scale deployment in coal-fired power plants. As a result, a host of 
new technologies (new amines, piperazine, ammonia, enzyme-catalyzed potassium carbonate, and ionic liquids) are 
being developed by several research and development companies as alternatives. However, it may take considerable 
time for the new second-generation technologies to be ready for deployment as the solvents used may be cost 
prohibitive and are not available in bulk quantities for treating large volumes of gas and/or elicit environmental 
concerns [7].  
Currently available mature alternatives to amine-based technology that have been developed beyond pilot and/or 
validation stages are ammonia- and potassium-carbonate-based aqueous solvents. Technology based on ammonia is 
capable of capturing CO2 at high loadings compared to amine-based technology. In addition, ammonia-based 
technology can strip CO2 at high pressure, reducing the CO2 compression costs. However, the technology requires 
absorber solvent cooling and treated gas washing to reduce the ammonia emissions [8]. In comparison to ammonia 
technology, potassium-carbonate-based technology has no emission issues. However, it has a low CO2 absorption 
efficiency, very low loading capacity, and cannot be regenerated at high pressure. As such, new approaches for 
improved potassium carbonate based CO2 capture technology have been in development for decades [9-11].  
1.2. Novel mixed-salt technology 
SRI International (SRI) is developing a solvent-based, mixed-salt technology that can be ready for validation 
sooner than the second-generation solvent technologies. This novel, green SRI technology does not produce any 
hazardous wastes. It is based on off-the-shelf, low-cost, industrially available chemicals (e.g., ammonium and 
potassium salts) that react with CO2 at a moderate temperature and can be released as high-purity, high-pressure CO2 
ready for storage. The mixed-salt system has an inorganic moiety that has a higher diffusion coefficient that 
enhances the gas-liquid mass transport and reduces the activation energy of the reaction between solvent and CO2. In 
addition, the technology uses a selective regeneration for utilizing the optimal characteristics of each salt. SRI 
recently completed small bench-scale testing and is in the process of testing a large bench-scale system capable of 
handling up to 100 scfm simulated flue gas streams.  
The mixed-salt process will enable the cost-effective control of CO2 emissions from coal-powered plants, which 
is of critical strategic importance to further enable the use of this natural resource in the U.S. without increasing the 
GHG emissions. This technology has the potential for more than a 50% reduction in parasitic power demand 
compared to conventional MEA technology, and 50 to 60% reduction in water use compared to the chilled-ammonia 
process as well as significant reductions in capital, operating and maintenance costs. The striking advantages of this 
process include: high loading of CO2, high-pressure regeneration of > 99% pure dry CO2, low sensitivity to 
impurities, low process cost, use of a non-degradable low-cost solvent with a very low carbon footprint for its 
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production, low emissions, reduced water use, and faster CO2 absorption kinetics compared to the state-of-the-art 
ammonia-based technologies. The mixed-salt process is suitable for capturing CO2 from flue streams from 
pulverized coal, natural gas, and other industrial sources. It is applicable to both post-combustion and pre-
combustion CO2 capture.  
1.3. Mixed-salt technology maturity 
The technology has been tested with great success at bench scale and is currently being tested in a large bench-
scale pilot with funding from the National Energy Technology Laboratory (NETL) of DOE. The initial results from 
the test campaigns indicate that the process is feasible and has much higher CO2 absorption rates (more than 5x the 
current state-of-the-art ammonia processes). In parallel, extensive equilibrium modeling of the technology is 
underway by several institutions (Politecnico di Milano, Aqueous Solutions ApS, Stanford University, and IHI 
Corporation) to optimize the auxiliary energy usage for the process. SRI and its partners are looking to develop the 
technology into a full-scale process. 
2. Mixed-salt technology details  
2.1. Process description 
In mixed-salt technology, CO2 is captured by chemical absorption and the solvent is regenerated by high-
temperature and high-pressure stripping of CO2 from the CO2-rich solvent. The solvents used in chemical absorption 
processes are naturally basic, react readily with CO2 by series of chemical reactions, and thereby absorb CO2 from 
the flue gas stream. The reaction schemes related to aqueous-based mixed-salt technology are ionic reactions in 
nature. The mixed-salt process chemistry comprises rapid gas/liquid-phase mass transfer followed by chemical 
reactions in the liquid phase. The simplistic representation of the CO2 absorption and removal can be: 
 
K2CO3-NH3-H2O-xCO2 ↔ K2CO3-NH3-H2O-yCO2 
 
where cyclic CO2 loading is the numerical difference between y and x. The left and right side of the equilibrium 
represent the lean and rich solutions, respectively. 
Speciation of K2CO3-NH3-CO2-H2O system includes H2O, CO2(g), H2O(g), NH3(g), CO2(aq), NH3(aq), CO3-2, 
HCO3-, H+, K+, NH2CO2-, NH4+, OH- , K2CO3(s), KHCO3(s), (NH4)4H2(CO3)3(s), NH4HCO3(s), and K2CO3.1.5H2O. 
Solid species will not be present in the mixed-salt system as the absorber is operated at temperatures above the 
precipitation point. 
The chemical reactions in the mixed-salt process are all reversible, and their reaction coordinate depends on 
pressure, temperature, and concentration in the system. At low temperature (e.g., 20°C), equilibrium moves from a 
left-to-right direction (exothermic process) and requires removal of heat from the process in order to maintain the 
desired absorption temperature. At high temperature (e.g., > 60°C at 1 atm), equilibrium shifts from the right-to-left 
direction (endothermic process) that requires energy to release gaseous CO2. The heat of reaction for the process can 
be tuned (35-50 kJ/mol) depending on the composition of the mixture (potassium and ammonium salt ratio). The 
conceptual schematic of the proposed CO2 capture system is shown in Figure 1.  
The mixed salt CO2 capture system comprises a dual-stage isothermal absorber, a novel selective regenerator, and 
auxiliary equipment. The absorber consists of top section (Salt 1) with potassium-rich solvent and a bottom section 
(Salt 2) with ammonia-rich solvent. The absorber can be assembled either as a single absorber in two sections (as 
shown) or as two separate absorbers in series. Flue gas from the power plant enters the bottom section of the 
absorber after passing through the flue gas desulfurization (FGD) unit; following cooling to 20-40°C, up to 80% of 
the CO2 gets absorbed in the first absorber. The remaining CO2 in the flue gas is absorbed in the top section of the 
absorber.  
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Fig. 1. Conceptual process flow diagram for the mixed-salt process. 
The bottom stage of the absorber operates with liquid recycle and cooling to keep the solution in the temperature 
20-40°C range, and to maintain the absorber at relatively uniform temperature. In a two-stage absorber, the bottom 
stage operates with the highest CO2 loading in the range of 0.5-0.7 mole of CO2 per mole of ammonia and about 0.6-
0.8 mole of CO2 per mole of potassium. The heat of reaction is removed from the bottom stage using the heat 
exchanger in the recycle loop. The CO2-rich solution from the bottom stage is constantly removed from the bottom 
via a bleed stream on the recycle loop. The CO2-rich solution is sent to the regenerator for regeneration.  
The mixed-salt process uses a selective regenerator. The key feature of the regenerator is the design that 
regenerates two CO2-lean salt streams as follows: (1) an ammonia-lean mixed salt to the top stage of the absorber; 
and (2) an ammonia-rich mixed-salt stream to the bottom stage. In a typical operation, CO2-rich mixed salt from the 
absorber (fixed NH3 and potassium [K]) compositions with total wt. ~ 38% and CO2 loadings up to 0.7 CO2/alkali 
molar ratio) enters the top section of the regenerator. The regenerator is an isobaric high-pressure regenerator (10-
40 bar) and has a temperature gradient (top ~ 60°-70° C, bottom > 120°C). At high temperature, the ammonia at the 
bottom of the regenerator gets vaporized along with water and CO2. Then, the ammonia and water get reabsorbed as 
the vapor moves up the regenerator column, thereby creating an ammonia-rich solution in the mid-section of the 
regenerator. The NH3-rich, CO2-lean solution from the regenerator is fed to bottom section of the absorber, and the 
K-rich CO2-lean solution is fed to the top section. 
2.1.1. Reduced ammonia emission 
The mixed-salt process is designed to reduce the ammonia emissions in both the absorber and in the regenerator. 
Just mixing the ammonia with a second salt would reduce the ammonia vapor pressure compared to neat ammonia-
based systems such as the chilled-ammonia process. In the mixed-salt process, ammonia emissions are greatly 
reduced due to use of K2CO3 and the two-stage absorber approach. Figure 2 compares the ammonia vapor pressure 
of the mixed-salt process and that of 10 m NH3 at 5 and 20°C. Figure 3 shows the change in equilibrium ammonia 
vapor pressure profile for the two-stage absorber. The ammonia vapor pressure at the top of the bottom absorber, 
which operates with an ammonia-rich solution (Salt 2 in Figure 1), depends on the temperature of the absorber and 
the composition of the regenerated lean solvent. This ammonia slip (from Salt 2) will get reabsorbed at the bottom 
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of the top absorber (marked as Salt 1 in Figure 1); thus, the equilibrium ammonia vapor pressure for the lean solvent 
at the top absorber is very low. As an example, for an absorber operating at 30°C with the mixed-salt process, the 
ammonia vapor pressure at the top of first stage absorber is < 3 kPa (Point B in Figure 3) and that at the exit of the 
Absorber 2 is << 0.2 kPa (Point A in Figure 3). This ammonia vapor pressure is more than an order of magnitude 
smaller than that of other state-of-the-art ammonia-based processes.  
Because the mixed-salt process can reduce ammonia’s vapor pressure by more than an order of magnitude (as 
explained in the section above), there is an opportunity to use an advanced absorber design that places less burden 
on the cooling water requirements. There is a possibility that a > 50% reduction in water use can be achieved 
compared to the chilled-ammonia process [12]. Therefore, in mixed-salt systems, units such as a chiller for solvent 
cooling, a large water wash, and a sour water stripper will either be completely eliminated or reduced in size 
compared to the chilled-ammonia process. 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
3. Results and discussion 
The mixed-salt process has already been tested in two small bench-scale levels and is currently undergoing a 
process evaluation at large bench-scale pilot level. Each stage of testing was conducted to demonstrate the process 
efficiency and its comparison with other technologies (e.g., chilled ammonia, precipitating potassium carbonate, or 
conventional MEA).  
3.1. Proof of concept and lab-scale testing  
In the lab-scale tests at SRI, a 12 vol.% CO2 (~ 0.5 to 5 acfm gas flow rate) simulated flue gas stream was used to 
demonstrate the process. Initial tests showed that mixed-salt process has a higher CO2 absoption rate compared to 
the state-of-the-art potassium carbonate process. Tests were conducted at varying starting CO2 loadings. Tests with 
neat (pure) 3 m K2CO3 (~ 41 wt.%) loading were also conducted to compare the rate enhancement in the mixed-salt 
process. The data from testing at 30°C measured at 1 bar with a 38% mixed-salt solution and neat K2CO3 is given in 
Figure 4. Figure 5 compares the measured working capacity for K2CO3 with a mixed-salt system that has 3x the CO2 
loading capacity as neat K2CO3 systems.  
 
 
 
 
 
 
Fig. 2. Ammonia vapor pressure as a function of CO2 
loading. A comparison between mixed-salt and 10 m 
aqueous ammonia at 5° and 20°C is shown. 
Fig. 3 Ammonia vapor pressure along the absorber 
height. A comparison between mixed-salt and 10 m 
aqueous ammonia at 5° and 20°C is shown. 
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This greatly improved performance arising from that the undissociated ammonia present in the mixed salt has a 
very high diffusion rate within the aqueous solution compared to other dissolved species (ionized and undissociated) 
such as carbonate, bicarbonate, or dissolved carbon dioxide (Figure 5 above). Therefore, the NH3(g) reacts with 
CO2(g) at the gas/liquid interface forming a transient complex that is then dissociated by several pathways: (1) 
NH3CO2* + NH3(g) Æ NH2CO2 - + NH4+ and (2) NH3CO2* + H2O (l) Æ HCO3 - + NH4+. In addition, the complex - 
NH3CO2* -can dissociate back to NH3(aq) and CO2(aq). The net result is an increase in dissolved CO2(aq). The key 
features of the process are the in-situ formation of ammonia-based inorganic moiety that has a higher diffusion 
coefficient, and enhances in the gas/liquid mass transport for increasing the rate of CO2 capture. In summary, in the 
mixed-salt process, the rate of CO2 absorption is enhanced by having ammonia act as a promoter that shuttles the 
CO2 carbonate ion across the gas/liquid interface into the solution and increases the partial pressure of CO2 in the 
dissolved phase. This increases the rate of CO2 collision with carbonate ion and results in an increase in the rate of 
CO2 absorption.  
3.2. Effect of temperature on the rate of CO2 absorption 
The rate of CO2 absorption can be increased by increasing the temperature as long as the absorbent solvent 
volatility is sufficiently low and the Gibbs free energy for the reaction is negative. The experimental data for the 
ammonia-based system measured at SRI for a 4 m ammonia solution is shown in Figure 6. This data was obtained 
by measuring the CO2 rate using a static absorber. The CO2 absorption at 1 bar was measured at varying 
temperatures and CO2 loadings as shown. As expected, equilibrium is established very quickly with increasing 
temperature, and the reverse reactions become important. At lower temperatures, the rates of reactions are low, and 
the system equilibrium is slow (extrapolation of the expected rates to lower temperature region for each CO2 loading 
is also shown in Figure 6). In the chilled-ammonia and aqueous-ammonia processes, lower temperatures are used to 
avoid ammonia evaporation; therefore, there is no opportunity to operate the process in a more desirable temperature 
range (25-45°C). SRI’s mixed-salt process is advantageous since it operates in the desirable temperature range 25-
40°C, taking the full advantage of reaction kinetics; the CO2 absorption kinetics in the mixed-salt process are about 
5x higher than that in the chilled-ammonia process. 
In the case of the lab-scale system, a 4-inch diameter absorber column was used and parametric test campaigns 
were carried out with 7, 15, and 20 wt.% mixed salt with 15 vol.% CO2 at 20-30°C and an ~ 5 scfm gas flow rate. 
The data showed that the CO2 capture efficiency of the mixed-salt system can be similar or higher than that of MEA 
at the 20 wt.% level (mixed salt at 25°C and MEA at 40°C). During this test campaign, we have also conducted tests 
with 4-6 m ammonia at 5°C to demonstrate that the mixed-salt process has a much higher CO2 capture rate 
Fig. 4. Comparison of CO2 absorption efficiency of 
the mixed-salt process with neat K2CO3. The tests 
were conducted at 30°C and at 1 bar. 
Fig. 5. Measured CO2 loadings for 38 wt.% mixed 
salt and ~ 40 wt.% neat K2CO3. 
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compared with currently practiced chilled ammonia-based process. These data are shown in Figure 7. The data 
shown for the mixed-salt process are for 7 and 20 wt.% salt concentrations. 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
3.3. Large bench-scale testing  
The mixed-salt absorber system was designed to accommodate 
processing at a 100-scfm gas flow rate containing 15% CO2. The 
system has two absorber columns (8-in diameter, 16 ft. long) that 
the gas stream passes through in series. The first column is 
designed to operate with ammonia-rich absorber solution, and 
second column is designed to operate with potassium-rich absorber 
solution. The columns were packed with 250, 350, and 450 m2/m3 
structural packing material (Sulzer MellaPakPlus®). MellaPakPlus® 
packing combines excellent capacity and efficiency characteristics 
along with a lower pressure drop per theoretical stage and is 
suitable for use in similar applications. Temperature, flow rate, gas 
composition, and pressure are monitored at various points in the 
system, providing the operator a convenient visual indication of all 
sensor readings. In this system, solution composition, solution 
flows, flow routing, and other operating conditions can be easily 
changed to perform a full range of experiments and obtain data 
necessary for optimization and scale up. Figure 8 shows a 
photograph of the complete mixed-salt absorber system. 
 
 
 
 
 
 
 
 
 
Fig. 6. Effect of temperature on CO2 capture rate at 
varying CO2 loadings for ammonia based systems.  
L = CO2 loading. 
Fig. 7. Comparison of CO2 absorption efficiency of 
the mixed-salt process with ammonia. 
Fig. 8. A photograph of the mixed-salt absorber 
system designed and built at SRI. 
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Figures 9 and 10 show data obtained with the SRI mixed-salt absorber system along with the predicted 
equilibrium vapor pressure of CO2 for 30 wt.% mixed-salt solution at 20°C and 1 atm. The system operates close to 
equilibrium line when the CO2 loading is below 0.4 as shown in Figure 9. The data (e.g., 18 scfm operating curve) 
clearly indicate CO2 capture of greater than 90, 95, and 99% of CO2 with regenerated lean mixed-salt solutions and 
CO2 loadings of 0.4, 0.35, and 0.3, respectively. Figure 10 shows the shift of operating lines with liquid loading. As 
the columns were operated well below the flooding level, there is significant room for using much higher gas flow 
rates and capturing > 90% CO2. 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
Note: The equilibrium data for the K2CO3-NH3-CO2-H2O system was evaluated from the vapor liquid equilibria 
model developed by Dr. Kaj Thomsen (Aqueous Solutions Aps) for SRI’s mixed-salt project (DOE Cooperative 
Agreement No. DE-FE0012959). 
3.4. Large reduction in reboiler heat duty (due to low heat of reaction , low water evaporation, no solid dissolution)  
Unlike in amine-based systems, there is no solvent degradation with high-temperature regeneration in mixed-salt, 
making it possible to use leaner solutions with CO2 loadings less than 0.2. Regeneration of the solvent is the main 
power consumer of solvent-based CO2 capture systems. The required energy value for solvent regeneration 
comprises three terms: (1) ΔHsen - sensible heat for heating the solvent; (2) ΔHvap - steam evaporation; and (3) ΔHdes 
- the reaction heat. In the mixed-salt process, ΔHsen is 70% lower than that of MEA-based technology as CO2 
loading is very high. This is because the volume of solvent required to carry higher cyclic CO2 loading is lower. In 
addition, since the regenerator operates at a higher pressure in the mixed-salt process, the reflux ratio is very low 
(H2O/CO2 < 0.01). Therefore, the ΔHvap is insignificant (this number is very high for processes that regenerate at 
lower pressures).  
One important key difference in the mixed-salt technology is that, unlike chilled-ammonia or neat potassium-
carbonate-based processes, the method is designed to operate with no solids in the absorber. This is an added 
advantage because there is no additional heat requirement for solid dissolution. As an example, the heat requirement 
for salt dissolution can be as high as 1 MJ/kg of CO2, a significant fraction of total energy demand. The mixed salt 
process operates with no salts, and thus there is no energy penalty for solid dissolution in the regenerator or in the 
heat-exchanger. 
Taking into consideration the key advantages discussed above, the regenerator energy requirement for the mixed-
salt process is estimated using the base data from known amine and potassium carbonate reboiler heat duties. For 
MEA (30 wt.%), the heat of CO2 desorption, sensible heat, and the water stripping heat requirement are 1.4 to 1.8, 
1.45, and 1.19 MJ/kg, respectively. Therefore, the total heat requirement is 4.04-4.44 MJ/kg. Pure potassium 
Fig. 9. Test data with different gas flow rates and 
thermodynamic modeling of a 30 wt.% with 
14 vol.% CO2 at 20qC and at 1 atm. 
Fig. 10. Test data with different liquid loading and 
thermodynamic modeling of a 30-wt.% mixed salt 
with 14 vol.% CO2 at 20qC and at 1 atm. 
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carbonate (~ 69 wt.% or 4 m KHCO3) has a very high water stripping energy requirement (CO2 to H2O ratio ~ 2.6) 
and an additional heat requirement for solid dissolution (~ 1 MJ/kg). Figure 11 shows the comparison of heat duty of 
the mixed-salt process with MEA and K2CO3. Clearly, the regenerator heat requirement for the mixed-salt process is 
low (< 1000 Btu/lb. of CO2). 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
Fig. 11. Estimated regenerator heat requirement for mixed-salt system with 0.2 to 0.6 cyclic loading of CO2 (1 Btu/lb = 2.32 kJ/kg).  
3.5. Energy requirement for CO2 compression 
SRI regeneration tests with CO2-loaded mixed salts demonstrated the high-pressure regeneration potential. 
Figure 12 shows the observed static pressure when a 30 wt.% mixed-salt solution (0.6 loading) is heated from 30°C 
to 180°C, demonstrating that even at 130°C > 20 atm pressure can be achieved. Because the process can release a 
pressurized stream of CO2, the electrical power required for compressing CO2 to delivery pressures (> 130 atm) is 
greatly reduced compared to solvent-based technologies operating with lower-pressure regenerations (e.g., amines, 
neat K2CO3). Figure 13 shows the energy requirement for compressing CO2 to up to 130 atm. For MEA, the energy 
requirement for compressing 1.5 to 135 atm is ~ 11.5 kJ/mol, while for the mixed-salt process the energy numbers 
are 3.5 and 4.7 kJ/mol for 20-130 atm and 30-130 atm, respectively. The minimum isothermal compression energy 
requirement at 30°C (Wcomp) is calculated by: Wcomp = RT ln P2/P1 where P2/P1 is the compression factor. 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
Fig. 12. Attainable CO2 pressure during solvent regeneration: 
Mixed-salt process with CO2 loading value of 0.5 CO2/alkali 
(20 wt.% solution). 
Fig. 13. Comparison of CO2 compression energy 
requirement for CO2 stream from mixed-salt and 
amine-based regeneration processes. 
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4. Concluding remarks 
Results from bench-scale data show that the technology can capture > 99% of CO2, and has a very high cyclic 
CO2 loading capacity. Traditional CO2 capture processes utilizing conventional amine solvents are very energy 
intensive and also susceptible to solvent degradation by oxygen, SOx and NO2 in coal-fired flue gas, resulting in 
high operating costs. SRI’s mixed-salt technology can co-capture the trace levels of SOx along with CO2, thus 
providing opportunities for reducing cost associated with flue gas desulfurization. Additionally, the low heat of 
reaction (35-50 kJ/mol) and lower boiler duty (< 2.3 MJ/kg or1000 Btu/lb) for regeneration allow opportunities for 
better heat integration between the CO2 capture unit and the power plant. The mixed-salt technology shows great 
promise and can be ready by 2020 at a cost of < $40/t CO2. 
Table 1 shows the comparison between amine and mixed-salt processes (the values are normalized with respect 
to the corresponding values for amine technology).  
Table 1. Technology comparison between conventional amine and mixed-salt processes. 
Parameter Conventional Amine Mixed-Salt Technology 
Solution circulation rate 1 0.6 
Regeneration energy 1 0.5 
Degradation of the solvent 
Solvent loss 
Solvent cost 
1 
1 
1 
0.1 
< 0.1 
< 0.1 
Corrosion inhibitor Yes No 
Flue gas cooling Yes Yes 
FGD requirement 
Hazardous waste 
Deep FGD 
Yes 
Light FGD 
No 
CO2 loading 1 1.5 
CO2 compression energy  1 < 0.5 
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